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Abstract−− Ammonia is presented as one of the 

main carriers for the transport and storage of hydro-

gen under mild conditions. In this context, the present 

work introduces the integration and intensification of 

an ultrapure hydrogen production process from am-

monia as a feedstock. A production scale is set to sat-

isfy the requirements of a typical hydrogen refueling 

station (200-kgH2/day). A multifunctional shell-and-

tube reactor is designed to carry out the ammonia 

cracking reaction. The system operates at a moderate 

pressure (8-bar) and in a temperature range for the 

ammonia decomposition reaction between 300-°C and 

650-°C. Total ammonia conversion is achieved due to 

the chemical equilibrium shift by H2 extraction 

through the incorporation of 100-% selective mem-

branes. The Pd-Ag membranes provide a recovery of 

about 86-% of the hydrogen produced. The remain-

ing hydrogen (i.e., the non-permeated stream) is cata-

lytically combusted representing the only source of 

heat of the entire process. 

Keywords−− Hydrogen production; Process inten-

sification; Ammonia cracking; Membrane reactor; 

Hydrogen fuel station. 

I. INTRODUCTION 

For several decades, governments of industrialized na-

tions have tried to implement energy policies which min-

imize the damages to the planet. A future associated with 

sustainable energy consumption is a fundamental part of 

the actual global debate on climate change due to carbon 

dioxide emissions, main greenhouse gas resulting from 

human activities. According to the Paris Agreement 

(United Nations, 2015), the average global temperature 

should be kept below 2°C above pre-industrial levels, 

with efforts to limit this increase to 1.5°C, recognizing 

that this would significantly reduce the risks and effects 

of climate change. The anthropogenic sources of green-

house gases are numerous, from which a relevant portion 

corresponds to energy use (IAPG, 2017). In a planet pow-

ered by fossil fuels, activities such as transport, electricity 

generation, industry and residential comfort services con-

tribute to emissions, which challenges the search for so-

lutions to reduce them. 

Nowadays, actions to reduce carbon dioxide emis-

sions and guarantee energy supply include the minimiza-

tion of fossil fuels consumption, the development of CO2 

capture technologies and the production of alternative en-

ergy from renewable sources (Bains et al., 2017; 

Franzitta et al., 2017). To this end, whether from an eco-

nomic or political point of view, alternatives are sought 

in the short, medium and long term in technological de-

velopments that allow a restructuring of energy systems. 

In line with this approach, process intensification is one 

of the main strategies of chemical engineering to face the 

ever-increasing demands of designing and operating 

chemical industries as efficiently and sustainably as pos-

sible. This concept is based on the development of new 

equipment and techniques that lead to cleaner technolo-

gies, more efficient energy-use and with substantially 

smaller equipment (Stankiewicz and Moulijn, 2000). 

Therefore, processes intensification and new applications 

development require a significant improvement in the de-

sign and performance of reaction units. Multifunctional 

reactors (those that integrate multiple unit operations in a 

single equipment) are seen as an interesting alternative in 

the search to achieve the imposed environmental objec-

tives. 

Within this kind of reactors, a type of multifunctional 

equipment of growing interest is the membrane reactor. 

A membrane can be defined as an interface that separates 

two zones and/or acts as a barrier to the mass transport 

through it thanks to a driving force. The stream that 

leaves the system after having passed the membrane is 

called permeate, while the stream that is rejected by the 

membrane is called retentate. In these units, it is possible 

to combine the kinetic effect given by the catalyst and the 

separation effect provided by the membrane. The integra-

tion of the two operations in a single unit offers ad-

vantages not only in terms of equipment simplification 

(process intensification) but also introduces improve-

ments in the selectivity and/or conversion of certain pro-

cesses (Spallina et al., 2018). One of the main applica-

tions of membrane reactors aims to increase the conver-

sion in equilibrium-limited reactions, displacing it by 

preferential permeation of some of the reaction products 

(Barbieri et al., 2001). 

In addition, it is important to note that the use of mem-

brane reactors would not only shift the chemical equilib-

rium in the ammonia decomposition reaction and im-

prove the yield of the products by increasing the conver-

sion, but could also avoid NH3 emissions to the atmos-

phere due to its total consumption (<1800 μg/m³ in 8 

hours at Buenos Aires province, Argentina (GPBA, 

2018)) due to its total consumption. This fact appears 

technologically much more complex to achieve in con-

ventional reactors without coupled permeation. 
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Figure 1: Flow diagram for the autothermal process of ammonia-fueled H2 delivery station. 

In the search for a harmonious diversification of these 

renewable sources for different sectors and at different 

scales, hydrogen is pointed out as a natural substitute for 

hydrocarbons. Hydrogen is a clean fuel, since its com-

bustion only produces water vapor, avoiding the genera-

tion of carbon oxides. In addition, hydrogen, unlike heat 

and electricity, is a highly versatile energy vector that not 

only allows energy to be transported, but also to be stored 

efficiently. However, there is a debate about what would 

be the best storage alternatives (Moradi and Groth, 2019). 

Among the existing proposals, transport and storage as 

ammonia (-33 °C and 1 bar or 25 °C and 10 bar), to be 

reconverted into H2 at the time of consumption appears 

among the most efficient compared to the transport of H2 

as compressed gas (typically at 350 bar or 700 bar), liq-

uefied (at -253 °C), or by means of another hydrogenated 

carrier (for example, methanol) (Salmon and Bañares Al-

cántara, 2021). 

The development of the infrastructure for hydrogen 

refueling stations is another fundamental point aiming 

the gradual replacement of traditional fuels. Some coun-

tries such as the United States or Germany project a 

strong growth in the number of retail vending stations 

and, in the near future, this trend should be replicated in 

the different signatory nations of the Paris Agreement in 

order to achieve the goals agreed. 

According to the bibliography about current hydro-

gen refueling stations, the average installations are esti-

mated with dispensing capacities in the range of 200 to 

1600 kgH2/day, the smallest being the most common 

(Reddi et al., 2017; USA Department of Energy, 2020). 

As an interesting alternative to the straightforward hydro-

gen storage as compressed gas or cryogenic liquid, this 

paper studies a process fed with ammonia as raw mate-

rial. Ammonia can conveniently be stored at room tem-

perature at relatively low pressures, to be converted into 

H2 on-demand or stored in buffer containers during hours 

of low consumption. To this end, process intensification 

techniques are exploited to perform a reaction compris-

ing high energy consumption and limited by chemical 

equilibrium.  

II. METHODS 

A. Process Description 

An autothermal process for the production of ultrapure 

hydrogen from ammonia is proposed here, as shown in 

Fig. 1. Ammonia is stored in a tank as a liquid at its sat-

uration pressure at room temperature (25 °C, ~10 bar). A 

decompression valve allows to regulate the pressure of 

the circuit downstream the storage tank. Subsequently, 

two heat exchangers in-series are employed to evaporate 

the NH3 and to overheat the stream up to the reaction con-

ditions. 

The reactor of choice comprises a shell-and-tube de-

sign, in triangular arrangement. The shell (i.d.=33.33cm, 

L=1.0m) is packed with Ru-K/CaO catalytic pellets 

(Sayas et al., 2020) (1 mm-diameter, spherical) to carry 

out the ammonia cracking reaction (Eq. 1). Regarding the 

tubes, (i.d. = 8.0mm, o.d.=13.4 mm, all tubes), the bundle 

is divided into two different types. On one hand, 200 Pd-

Ag based membrane tubes with a thickness (δM) of 25 μm 

and an infinite selectivity to hydrogen are arranged 

(green circuit in Fig. 1). On the other hand, the non-per-

meated fraction of the stream resulting from cracking (re-

tentate stream, black circuit in Fig. 1) is mixed adiabati-

cally with air (at 25 °C) and fed to the other type of tubes 

(100 units, red circuit in Fig. 1). In there, the catalytic 

combustion of the remaining hydrogen is conducted 

(Eq. 2) in order to generate the heat required for the en-

dothermic cracking (Eq. 1). For this purpose, the inner 

wall of the tubes intended for combustion are washcoated 

with a 75μm-layer of Pd/Al2O3 catalyst (Gritsch, 2008). 

 NH3 ↔ 1.5 H2 + 0.5 N2 ∆H1
∘  = 45.9 kJ/mol (1) 

 H2 + 0.5 O2 → H2O ∆H2
∘  = -241.8 kJ/mol (2) 

The outlet streams from both groups of tubes (i.e., 

combustion exhaust gases and permeated ultrapure hy-

drogen) are used as hot streams in the heat exchangers, 

with the dual purpose of evaporating/preheating ammo-

nia and recovering the calorific value of the process out-

put streams. 

The operating pressure of the ammonia cracking pro-

cess was arbitrarily fixed at 8 bar, seeking a balance be-

tween two opposing phenomena. On one hand, hydrogen 

permeation through the membrane is controlled by the 
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difference of hydrogen partial pressures at both sides of 

the membrane, which acts as the driving force for the sep-

aration process. In these terms, higher pressures favor the 

H2 purification. On the other hand, the equilibrium con-

version of the ammonia cracking reaction is enhanced by 

operating at lower pressures (as dictated by Le Châ-

telier’s law) 

Ammonia flowrate was set at 0.9 molNH3/s (1322 

kg/day) with the goal of achieving a production of 200 

kgH2/day net. According to Eq. 1, this flowrate would 

generate a higher H2 production than the target (at com-

plete ammonia conversion and hydrogen recovery). Nev-

ertheless, as mentioned above, part of the H2 generated 

must be used (through its catalytic combustion) to satisfy 

the energy balance of the whole process. 

B. Mathematical model 

The multifunctional reactor under study was represented 

by means of a steady state pseudo-homogeneous one-di-

mensional mathematical model. In addition, isobaric op-

eration was assumed, with no heat loss to the environ-

ment, uniform flow distribution in the tubes, and negligi-

ble homogeneous reactions. The equations which de-

scribe the model are the following: 

Ammonia cracking stream: 
𝑑𝐹𝑁𝐻3,1

𝑑𝑧
= 𝐴𝑇1 ⋅ (−𝑟1 ⋅ 𝜌𝐵)  (3) 

𝑑𝐹𝐻2,1

𝑑𝑧
= 𝐴𝑇1 ⋅ (1.5 ⋅ 𝑟1 ⋅ 𝜌𝐵) − 𝜎𝑡3 ⋅ 𝐽𝐻2

  (4) 

∑ (𝐹𝑖,1 ⋅ 𝐶𝑃 𝑖,1)𝑖 ⋅
𝑑𝑇1

𝑑𝑧
= 𝐴𝑇,1 ⋅ 𝑟1 ⋅ (−𝛥𝐻1)  

−𝜎𝑡2 ⋅ 𝑈12 ⋅ (𝑇1 − 𝑇2) − 𝜎𝑡3 ⋅ 𝑈13 ⋅ (𝑇1 − 𝑇3)  
(5) 

Hydrogen combustion stream: 
𝑑𝐹𝐻2,2

𝑑𝑧
= 𝜎𝑡2 ⋅ (−𝑟2)  (6) 

∑ (𝐹𝑖,2 ⋅ 𝐶𝑃 𝑖,2)𝑖 ⋅
𝑑𝑇2

𝑑𝑧
=  

𝜎𝑡2 ⋅ 𝑟2 ⋅ (−𝛥𝐻2) + 𝜎𝑡2 ⋅ 𝑈12 ⋅ (𝑇1 − 𝑇2)  
(7) 

Permeated hydrogen stream: 
𝑑𝐹𝐻2,3

𝑑𝑧
= 𝜎𝑡3 ⋅ 𝐽𝐻2

  (8) 

𝐹𝐻2,3 ⋅ 𝐶𝑃 𝐻2,3 ⋅
𝑑𝑇3

𝑑𝑧
=  

𝜎𝑡3 ⋅ (𝐽𝐻2
⋅ 𝐶𝑃 𝐻2,3 + 𝑈13) ⋅ (𝑇1 − 𝑇3)  

(9) 

Reaction rates: 

𝑟1 = 𝑘1
o ⋅ exp (−

𝐸𝑎1

𝑅⋅𝑇1
) ⋅

𝑝𝑁𝐻3
0.5

𝑝𝐻2
1.9 ⋅ (1 − (

𝑝𝑁2⋅𝑝𝐻2
3

𝐾𝑒𝑞⋅𝑝𝑁𝐻3
2 ))  (10) 

𝑟2 = 𝑘2
o ⋅ exp (−

𝐸𝑎2

𝑅⋅𝑇2
) ⋅ 𝑝𝐻2

  (11) 

Permeated hydrogen flux: 

𝐽𝐻2
=

𝑄0

𝛿𝑀
⋅exp (−

𝐸𝑎𝑀

𝑅⋅𝑇1
)⋅ (𝑝𝐻2,1

0.5 − 𝑝𝐻2,2
0.5 )  (12) 

In Eqs. 3 to 12, Fi,j represents the molar flowrate of 

each species (i = NH3, H2, N2, O2, H2O) in each stream 

(j = 1: cracking, 2: combustion, 3: permeate), z is the ax-

ial coordinate of the reactor, AT is the cross-sectional 

area, σt is the total perimeter of the tubes assigned to each 

combustion or permeate section (number of tubes per di-

ameter of each tube) and Tj is the temperature of each 

stream. U12 and U13 are the global heat transfer coeffi-

cients between two sections (1-2: cracking and permeate, 

and 1-3: cracking and combustion) according to Leva’s 
 

Table 1. Permeation and reaction parameters 

Permeation parameters a 

Q0 = 7.7·10-5 mol/(s·m·atm0.5) 

EaM = 16 300 J/mol 

Ammonia cracking parameters b 

𝑘1
∘ = 8584.8 (mol·atm-1.4)/(s·gcat) 

Ea1 = 111 000 J/mol 

Hydrogen combustion parameters c 

𝑘2
∘  = 130 000 mol/(s·m²·bar) 

Ea2 = 41 570 J/mol 

a: (Adrover et al., 2017) 

b: (Sayas et al., 2020) 

c: (Gritsch, 2008) 

correlations (Froment et al., 2011), JH2 is the hydrogen 

flux permeated through the membrane according to the 

Sievert’s law with permeation parameters (Q0 and EaM) 

as reported by Barbieri et al. (Adrover et al., 2017), rj is 

the reaction rate (Eq. 1: cracking (Sayas et al., 2020), Eq. 

2: combustion (Gritsch, 2008)), CP i,j the heat capacity of 

each species (Yaws, 1999) and B is the bed density. The 

equilibrium constant of the cracking reaction was ob-

tained following the guidelines described by Elliott and 

Lira (2012). Selected parameters are reported in Table 1.  

The simulation of the process flow diagram presented 

in Fig. 1 was carried out in the gPROMS 4.0 environment 

(Siemens Process Systems Engineering, 2022). The dif-

ferential equations of the multifunctional reactor were 

discretized using a second-order central finite difference 

method. The heat exchangers, mixer and decompression 

valve were solved through mass and energy balances, 

considering each unit as adiabatic. From the resolution of 

the presented system of equations, the axial temperature 

and concentration profiles were obtained for each of the 

reactor streams, as well as the outlet conditions of the 

heat exchangers, the valve and the mixer. A limit range 

of 300 C to 650 C was imposed for the temperature of the 

cracking and permeate streams to ensure the integrity of 

the Pd-Ag membranes. 

III. RESULTS 

A. Results on the process simulation 

Figure 2 presents axial profiles of the molar flowrates (F) 

for each species in the reactor. Figure 2A reports 

flowrates corresponding to the compounds in the ammo-

nia cracking stream and, additionally, the H2 flowrate in-

side the membrane tubes (i.e., the permeate stream, green 

line). Fig. 2B shows flowrates for the components in the 

combustion tubes (N2 is omitted aiming an improved vis-

ualization of the results). Complementary, Figure 3 re-

ports axial temperature profiles for each stream within 

the reactor. It should be noted that the temperature of the 

feed to the combustion tubes is calculated from the adia-

batic mixing of the air stream at room temperature 

(25 °C), with the outlet stream from the cracking zone at 

607 °C (containing the non-permeated H2). 

According to the results presented in Figs. 2A and 2B, 

a steep drop in NH3 flowrate is observed in the inlet re-

gion, with a conversion accounting 15 % in the first  
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Figure 2: Axial molar flowrate profiles in (A) ammonia crack-

ing section and hydrogen permeate tubes and (B) hydrogen 

combustion tubes (N2 omitted). 

 
Figure 3: Axial temperature profiles. 

0.03 m. Then, it slows down to convert 20 % of the am-

monia near the first quarter of the unit. From there, the 

reaction turns on again. Finally, in an axial position of 

approximately 0.85 m, the ammonia concentration is al-

ready reduced to traces. This behavior segmented into 

zones agrees with the thermal level throughout the reac-

tor (Fig 3). Thus, in the first zone, the high inlet temper-

ature along with a high NH3 partial pressure lead to a high 

reaction rate and a quasi-adiabatic behavior is observed. 

In fact, in this inlet zone, the reaction endothermicity 

leads to a strong drop in temperature, reaching a mini-

mum of 329 C. This low thermal level, in addition to the 

appearance of hydrogen, leads to a strong decrease in the 

reaction rate (see Eq. 10) that is reflected in the plateau 

zone of the NH3 profile (Fig. 2A, 0.05 < z < 0.25). After 

the first 0.08 m, the temperature of the combustion 

stream is already above that corresponding to the crack-

ing section, delivering heat to the reaction side. From an 

axial position of 0.25 m, the cracking reaction ignites 

again, now up to consuming all the remaining ammonia. 

The temperature in the combustion stream achieves a 

maximum of 815 °C at z ~ 0.62 m, where the conversion 

of the hydrogen fuel is approximately 90 % (see Fig 2B). 

Further on the heat generated by the combustion reaction 

drastically decreases.NH3 conversion at this point 

amounts ca. 60 % and the heat consumption product of 

the cracking reaction remains significant up to z ~ 85 m 

where, as mentioned, ammonia is reduced to traces. From 

that point forward, the thermal level equilibrates to its fi-

nal temperature of 620 °C. 

The possibility of achieving a complete conversion of 

ammonia is due to the shift in chemical equilibrium pro-

voked by H2 permeation. It is important to clarify that, in 

the absence of permeation, the conversion of NH3 would 

reach a value close to 99 % at the reactor outlet tempera-

ture. Although this conversion is very high, prohibitive 

ammonia effluents would pose a considerable problem to 

address (loss of process performance, implementation of 

a recycle, postcombustion, etc.). 

The axial profiles of hydrogen and nitrogen in the 

cracking stream show, in the first zone, the expected evo-

lution according to the stoichiometry of the cracking re-

action (see Fig 2A). However, the permeation process 

through the membrane leads to the appearance of a max-

imum in the profile of hydrogen flowrate of approxi-

mately 0.565 mol/s at z = 74 m. Further on, the H2 

flowrate drops to an outlet value of 0.179 mol/s, with the 

permeate flowrate achieving 1.157 mol/s of pure H2. This 

performance represents a recovery of 86.64 % of the gen-

erated hydrogen and a net production of 200 kgH2/day, 

i.e., the required target. 

It should be noted that the combustion of the non-per-

meate H2 (retained in the output cracking stream) is the 

only source of heat for the whole process, as shown in 

Fig. 2B. In this Figure, it can be seen that hydrogen com-

busts all along the reactor, reaching complete conversion 

near the reactor outlet. This effect appears favorable in 

order to get a distributed heat generation in the axial co-

ordinate since a rapid combustion rate may generate hot-

spots and damage the reactor’s materials. This controlled 

reaction rate is achieved due to the fact that the combus-

tion catalyst is washcoated over the internal wall of the 

combustion tubes instead of using a catalytic packed bed. 

According to the scheme proposed in Fig. 1, the process 

succeeds in achieving the required energy integration. 

The combustion stream exiting the tubes at 618.6 C, has 

enough calorific value to conduct the preheating of the 

NH3 stream from its saturation condition, ~18 C, up to 

the aimed temperature to enter the reactor (550 C). 

Downstream the heat exchanger, the flue gases leave the 

process at approximately 110 C. On the other hand, the 

output ultrapure H2 stream at 532.2°C is used for the am-

monia evaporation (originally stored as a liquid) in the 
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first heat exchanger, leaving the process at 27 C. As pre-

viously stated, the calorific value of the outlet stream 

from the cracking zone is used to preheat the inlet stream 

to the combustion tubes (up to 283.4 C), after its adia-

batic mixing with air at room temperature. 

B. Decoupling the separation effect as an example of 

a wrong design 

Up to this point, the feasibility of implementing a process 

design in which ultrapure hydrogen is obtained altogether 

with the thermal integration and total NH3 depletion is 

proved. As seen, the thermal coupling of reactions and 

membrane reactors are both promising alternatives for 

achieving multifunctionality in chemical reactors seeking 

the best alternatives for process intensification. As a re-

sult of this integration, not only equipment compactness 

is obtained but also an improvement in the performance 

towards the desired product is achieved (Izurieta et al., 

2019). 

However, regarding the process scheme presented 

here (with simultaneous coupling of reaction, thermal 

management and separation), special attention must be 

paid in terms of selecting appropriate design parameters. 

If not, the reactor could operate under a decoupled con-

dition, which implies a decrease in efficiency, generation 

of hot/cold-spots, reduction in reactant conversion, etc. 

To exemplify this unwanted situation, a study on par-

ametric sensibility was performed and the main results 

are discussed. In this study, the membrane thickness, δM, 

is selected as variable, ranging from 25 to 50 µm (values 

usually reported in the open literature). In all cases, a pro-

duction of 200 kgH2/day is still aimed. The impact of δM 

on both the reactor length required to meet the production 

target and the length required to achieve 99 % ammonia 

conversion is analyzed. The maximum temperature in the 

combustion zone is also monitored. The correspondent 

results are exposed in Fig. 4 and 5. 

Figure 4 shows both the required reactor length for 

achieving the goal hydrogen production and the axial po-

sition at which ammonia conversion reaches 99 %. This 

study exhibits the strong increment (~40 %) in the reactor 

length required to fulfill the target of 200 kgH2/day by the 

sole implementation of membrane tubes with a thicker  
 

Pd-Ag layer (δM from 25 to 50 m). Conversely, the re-

actor length required for ammonia depletion remains al-

most constant (~4 %) along the investigated thickness 

range, decoupling reaction and permeation phenomena as 

if they were two independent process units (in-series). 

The small increment in the required length for 99 % 

ammonia conversion is also due to the lower permeation 

rates. Hydrogen inhibits the reaction rate slowing down 

the NH3 conversion. This effect implies also a drop in 

heat consumption and, consequently, the magnitude of 

the hot-spot evolves. However, this increase is not severe 

(6.2 C in the whole range, as shown in Fig. 5), and leads 

to a slight shift in the position of the maximum towards 

the entrance (-1.5 cm, not shown). These results highlight 

the decoupling effect; the reaction section remains almost 

constant while the permeation zone moves downstream 

and acts as an independent unit. This clarifies the need of  

 

 
Figure 4: Required reactor lengths to achieve the hydrogen 

production goal (green) and 99 % ammonia conversion (black) 

for different membrane thicknesses. 

 
Figure 5: Maximum temperature at combustion section for dif-

ferent membrane thicknesses. 
 

a detailed design in terms of selecting the reactor param-

eters to achieve an enhanced operation. 

 V. CONCLUSIONS 

This work introduces a design proposal for a process aim-

ing the intensification of the ultrapure hydrogen produc-

tion from ammonia at the scales required by hydrogen re-

fueling stations. A multifunctional shell-and-tube reactor 

is designed and dimensioned for a net production of 

200 kgH2/day. The NH3 decomposition reaction was car-

ried out at moderate pressure (8 bar) and in a temperature 

range that satisfies the limits imposed by Pd-Ag H2 puri-

fication membranes. The proposed process achieves total 

conversion of NH3 due to the hydrogen permeation 

through the membrane, which contributes to the chemical 

equilibrium displacement. In addition, the pure H2 recov-

ery reaches ca. 87 % from the total production via NH3 

cracking, while the remaining hydrogen is profited as the 

only source of heat for the entire process through cata-

lytic combustion after mixing with atmospheric air. 

In addition, a parametric sensibility analysis was per-

formed in order to exemplify the need of a careful opti-

mization of the design parameters. Wrong process inten-

sification can lead to systems in which the selection of 

some parameters may imply much bigger units or less ef-

ficient processes. As shown here, a variation from 25 to 
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50 µm in the thickness of the Pd-Ag layer of the mem-

brane leads to an increment of up to 40 % of the required 

reactor length. This not only translate to a higher cost of 

the process due to the higher volume, but also to a higher 

cost of the membrane itself since both the length and the 

thickness increase significantly. 
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