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Abstract— The effect of electrolytes in the tem-
perature profile of saline extractive distillation col-
umns is analyzed using a Newton-Raphson based
program (acronym GKTM) with a new increase-by-
step technique and applied to the system 1-propanol-
water-LiNO3. In addition, the E-NRTL model is ex-
amined in order to validate its capability of making
accurate predictions of phase equilibrium behavior
and its suitability for simulation of extractive distil-
lation columns. Special aspects of the phase equilib-
rium of mixed solvents electrolyte systems are ana-
lyzed. These particular features determine the spe-
cial temperature profile in these cases.

Keywords— Mixed solvent electrolytes; Salt effect
on extractive distillation; Simulation using Newton-
Raphson; E-NRTL; Phase equilibrium aspects.

1. INTRODUCTION

Saline extractive distillation (SED) is a unit operation
based on the effect of salts on mixed solvent systems.
When this effect is present, the distillation of solvents
with similar boiling points is facilitated and the use of
energy decreases. This phenomenon is of particular im-
portance when the system is an azeotropic one, where
small quantities of salt are capable of shifting, or even
eliminating, the azeotrope, making it possible to get a
high-purity product from the top of a column. In spite of
its benefits, already known in the nineteenth century, the
process of saline extractive distillation was neglected
due to the complete lack of a theory that explains the
thermodynamic behavior of a mixed-solvent salt sys-
tem. Moreover, many authors recently studied the “salt
effect” in simulated columns and the conclusions ob-
tained were often thermo-dynamically inconsistent.

Although studies of the saline effect have already
been reported at the end of the ninetieth century
(Kablukov, 1891, Miller, 1897), systematic investiga-
tions on the subject began in the 1950-60, e.g. Johnson
and Furter (1960), Robinson and Stokes (1959); Cook
and Furter (1968), Meranda and Furter (1971), Furter
(1977), Cardoso and O’Connell (1987), Loehe and
Donohue (1997). Recently, the E-NRTL model was de-
veloped (Chen et al., 1982, 1999, 2001; Chen and Ma-
thias, 2002; Chen and Song, 2004; Mock et al., 1986),
based upon the NRTL model proposed by Renon and
Prausnitz (1968), to predict and correlate the deviation
from ideality in mixed-solvent salt solutions. Accurate
data regressions by means of E-NRTL model have been
reported recently by Vercher et al. (1999, 2002, 2003,
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2004, 2005) and in the present work some particular as-
pects of the ability of E-NRTL to make accurate predic-
tions will be discussed (see Section I1.B). However, it is
worth noting that, in spite of not having a deep thermo-
dynamic basis, other current semi-empirical models are
also suitable for predicting the appearance of special
characteristic points of the phase equilibrium diagram of
mixed-solvent electrolyte systems, the thermodynamic
foundation of which are recently given (Muzzio, 2006)

In the field of simulations of extractive distillation
column, Pinto et al. (2000) reported a comparison be-
tween SED and conventional extractive distillation, car-
ried out with the help of a commercial simulator. Ac-
cording to their results, saline extractive distillation pro-
cess would be better than conventional ones due to mi-
nor heat consumption and the use of non-toxic solvents.
Moreover, some local minima in the temperature profile
were found.

Nonetheless, Llano-Restrepo and Aguilar-Arias
(2003) stated the existence of inconsistencies between
experimental evidence and the results obtained by Pinto
et al. In addition, they simulated a saline extractive dis-
tillation column through a steady-state equilibrium-
stage model based on normalized MESH (material,
equilibrium and energy balance) equations. However,
the high concentration of salt used in that simulation
eliminated the azeotrope. Furthermore, the local minima
in the temperature profile found in Pinto’s work disap-
peared in the paper by Llano-Restrepo and Aguilar-
Arias. As it will be shown, an extreme in the middle re-
gion of a SED column is a direct consequence of the
phase diagram of these systems and, depending on col-
umn conditions, it must appear when the system pre-
sents an extreme of temperature due to a ‘pseudo-
azeotropic’ point.

Figures 1-3 illustrate a total reflux distillation of a
theoretical system with a phase diagram such as the
shown in Fig. 1, which corresponds to the system 1-
propanol(1)-water(2)-LiNO3(3) (x3=0.06) (Vercher et al.
(2002)). In these figures the dashed lines represent equi-
librium stages in a total reflux distillation. Even though
in most of the works T-x’(salt free basis)-y diagrams are
avoided, in this work these diagrams are fundamental to
understand the causes of the temperature profile in a
SED column. It is readily seen that in this distillation a
minimum of temperature appears in the middle region
of the column, at a different concentration of the pseu-
do-azeotrope: in Fig. 3 it can be observed that there is
an extreme at 363.3 K, and this point is reached at
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x,=0.31, while the point that corresponds with equal
composition of vapor and liquid phase (salt free basis) is
placed approximately at x;=0.54. The characteristics of
this pseudo-azeotropic point has been studied with some
detail by Sander et al. (1986a, 1986b) and there it has
been stated that this point presents only one of the two
characteristic features of the genuine azeotrope of a
conventional binary azeotropic system, i.e. to have the
same composition in the liquid and vapor phase, but
without an extremum of temperature (or pressure). This
other characteristic of a genuine azeotrope, i.e. the
extremum of temperature (or pressure), is displayed by
another equilibrium point much less studied and usually
over locked, which presents different compositions in
liquid and vapor. As mentioned previously, the exist-
ence and properties of both points has been recently
thermodynamically justified (Muzzio, 2006).

Points A-B and C in Fig 1 are these special equilib-
rium states. The crossing point C is the actual ‘pseudo-
azeotropic’ point, as it can be appreciated in Fig. 2,
which is certainly the point of crucial importance for
distillation. On the other hand, the state A-B determines
the minimum in the temperature profile, but, besides
this, it is not relevant for the distillation process (in Fig.
2 this point lays off the diagonal). Moreover, point D
does not correspond to coexisting liquid and vapor
phases, as already stated Sander et al. (1986a, 1986b).

The thermodynamic foundation for the appearance
of these points in these systems instead of a normal
azeotropic state is very simple. A normal azeotropic
state is an indifferent state, a state at which phase reac-
tions occur without composition changes in the involved
phases. And it is because of this condition that a normal
azeotropic point presents a typical behavior of a VL-
equilibrium of a pure substance and is also characterized
by a simple T-P relation of the Clausius-Clapeyron type
(Saurel’s theorem, 1899; see Prigogine and Defay,
1954).

On the other hand, in the presence of a non-volatile
solute in the liquid phase, not necessarily an electrolyte,
such an indifferent behavior is not allowed. By the
evaporation of liquid solvent-mixtures the solute con-
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Fig. 1. Calculated T-x-y phase diagram of 1-propanol(1)-

water(2)-LiNO3(3) (x3=0.06) (experimental data obtained

from Vercher et al. (2002)) and evolution of a hypothetical to-

tal reflux distillation.
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Fig. 2. Calculated isobaric x’-y diagram of 1-propanol(1)-
water(2)-LiNO3(3) (x3=0.06) (experimental data obtained
from Vercher et al. (2002)) and evolution of a hypothetical to-
tal reflux distillation.
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Fig. 3. Temperature profile of a hypothetical total reflux distil-
lation (1-propanol-water-LiNO3).

centrates and by the condensation of mixed-solvent va-
por the solute dilutes, i.e. the composition of the liquid
do not remain constant when phase reaction occur and
an indifferent state condition is therefore not possible. It
can be shown (Muzzio, 2006) that the consequence of
these facts is the splitting of the binary azeotrope into
the two states just mentioned above, each of which re-
tain one of its properties®”.

The separation of these points depends on the con-
centration of the non-volatile solute, a separation which,
in general, increases with increasing solute addition. In
fact they may exist independently from each other. So,
in Fig. 5 of the paper by Llano-Restrepo and Aguilar-
Arias (2003) for the system ethanol(1) - water (2) -
CacCl, (3) (salt concentration of 16.7 wt.% on a salt-free
basis) the pseudo-azeotropic point (point C type) has al-
ready disappeared, but the state of temperature mini-
mum (point A-B type) still remains.

The aim of this work is to simulate a distillation col-
umn with a program called GKTM based on the
Napthali-Sandholm (1971) algorithm and the E-NRTL
model, and to obtain thermodynamically consistent re-

@ In terms of activity coefficients, in the case of simple regular mix-
tures the existence and properties de these special points have been
discussed already elsewhere (Timmermann, 1987)
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sults in order to get conclusions about the behavior of
the temperature profile of a SED column and to help op-
timize the SED process in the future. Several commer-
cial programs have also been tested, and GKTM proved
to perform better than these commercial programs in the
SED columns simulated. Due to its extension, this work
does not include the analysis of saturated or nearly satu-
rated systems.

Il. MATHEMATICAL MODEL AND
SIMULATOR

A. Software development
The simulator (GKTM v.1.2) was designed on Visual
Basic (Muzzio, 2006) to solve the material, equilibrium,
and energy balance (known as MEH) equations indicat-
ed by Napthali-Sandholm (1971). These equations are:

a) Material balance for component i at stage j:

Mi,j = Ii,j'(l+sj)+ui,j'(l+sj)7|i,j—l7Ui,j+17 fi,j =0 (l)
b) VLE relationship for component i at stage j:
C
2 Uk, j
i, j=Ki,j i, j X5-——vi j=0 @)
2 Ik, j
k=1

¢) Energy balance at stage j:

H =H, 20 +H, 20, HL”.ZLH - (
i=1 i=1 i=1
_Hv,,'zuu

i=1

For this work, the following two matrices are de-
fined: ;=[ZX_2X_,X_T and

3)
+1—Hp‘ ZE: f,+Q,=0

i=1

E:[EEEET where x s a vector of output
i, like
and

variables ordered

Xj :[Ulyj,UZVJ,T

for stage

N A

FJ :[HJ' Ml‘J’ MZ‘J' M3‘J’ El,J’ EZ,J )
In the Newton-Raphson method, every approxima-

tion of the result vector is calculated in the following
form

]

— =)

XX feax )
where ax" can be obtained from

— <% =0

AX =—|:(6F/6X) } F ®)

and t is an arbitrary factor. In this work, t will be equal
to 0.1 because it has been found that this value improves
the stability of the algorithm without a significant de-

crease in the velocity of convergence. oF/ax is the

Jacobian matrix, composed by the partial derivatives of
the discrepancy functions with respect to every variable.
Derivatives of MEH equations, which are solved numer-
ically, were defined by the expression

X +&,..%, ) - F(x

(6)

&
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where £=1.10". Due to the fact that analytical partial
derivatives of every discrepancy functions with respect
to every variable can be readily generalized to complete

the Jacobian matrix oF/ax , the approach by finite deriv-

atives defined in Eq. (6) was only utilized when the cal-
culation requires the partial derivative of the VLE rela-
tionship, for instance to compute 5Ki_,-/@Tj . In addi-

tion, the Gauss-Jordan method of elimination with par-
tial pivoting was used in the development of the pro-
gram.

The column consists of N+2 stages with a condenser
at stage 1, a reboiler at stage N+2 and without lateral
streams. The pressure in the column is assumed to be
constant.

As usual, the left hand side of the MEH equations is
employed to define a discrepancy function and, when
the value of this function is sufficiently close to zero,
the program achieves the convergence. All the MEH
equations are normalized to be of similar order of mag-
nitude, in order to avoid that an error in the energy bal-
ance equation (Eg. (3)) or in the material balance (Eg.
(1)) hides a more important error, for instance, in the
VLE relationship (Eq. (2)). The discrepancy function is
defined as follows:

1/2
v-|F| {z EERV VY é;j) )
j=1

The user is able to define the limit of the convergence
function; a value of 0.005 for the discrepancy function
is used in this work, which avoids differences higher
than 0.01K in the temperature of the stages.

In order to improve the stability of the Newton-
Raphson algorithm, GKTM increases both the conden-
ser and reboiler duties gradually. When the tolerance of
the discrepancy function is reached after some internal
loop iterations, the program duplicates the heat extract-
ed from the condenser and the heat introduced through
the reboiler (external loop). The solution obtained for
the external loop is the seed for the next step. This pro-
cess is repeated until the values of the condenser and
reboiler duties are the same as the required by the user.

B. E-NRTL model

Renon and Prausnitz (1968) presented their NRTL
model and, eighteen years later, Chen and Evans (1986)
modified this model to adapt it to mixed-solvent electro-
Iyte systems. From that moment on, the E-NRTL model
evolved continuously.

Due to the wide acceptance in the industry and the
simple calculations involved, this model has been cho-
sen to perform correlation of phase diagrams for the
systems under study in the present work.

The results obtained from the E-NRTL reported in
different papers by Vercher et al. (1999, 2002, 2004)
show the great accuracy of the model after a proper pa-
rameter regression, but the process of this regression has
to be explained to expose a “weak point’ in the model.

In order to obtain the parameters of the E-NRTL
model from binary data, the Solver tool of the Microsoft
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Excel spreadsheet is used to minimize the objective
function

iy @)
n-,

Experimental data were taken from Vercher et al.
(2002). For the binary system 1-propanol-LiNOj; the re-
gression-data reported by the authors are a;3=1.566,
AQ15=3.04 kJ/mol, Ags;=6.64 kJ/mol; this set of para-
meters gives AT=0.07 where

AT=(/n).Y. ©)

Nevertheless, a better result (AT=0.06) is obtained with
the following parameters: ¢3=1.566, Ag;3=2.02 kJ/mol
Ag3=6.64 ki/mol, where only the Ag;s-parameter has
been changed. Finally, a still better result (AT=0.05) is
achieved using Solver with no presetting of parameters,
with the following results: a3=1.52, Ags=7 kJ/mol,
Ag31:0.50 kJ/mol.

However, quite surprisingly, better results are ob-
tained in the description of the ternary system using the
first parameters than the third ones.

Something similar happens when parameters of the
system H,O-LiNO; were compared: 3=0.419; Ag,s=
15.9 kd/mol; Ags,=-7.71 kJ/mol produces the best result
(AT=0.043) in the binary system data regression, but
3=0.165; AQ,3=2.35 kJ/mol; Ags=-5.91 kJ/mol
(AT=0.196) are more suitable parameters for fitting the
ternary system. This unsolved problem was mentioned
by Chen and Mathias (2002), stating that “these models
do not always yield reliable results when extrapolated
from binary systems to ternary or multicomponent sys-
tems”

The regressed parameters for both binary systems
are summarized in Table 1.

In Table 2, Af was calculated using the expression:

( Vicew ~ Vicae Voo ~ 7 2-catc )
2N,

where Nj is the number of points considered. Note that
in the ternary system data regression, the binary points
are included.

Despite the fact that E-NRTL parameters must be
regressed from ternary data because the use of binary
parameters do not always yields better results when are
combined to represent ternary systems, the E-NRTL
model was used to describe the ternary phase diagram
behavior in the program because of its simplicity and its
accuracy after a proper data regression of ternary data.

Viexo ™ Vicalc

T,-T.
o 1o

alc

+

Af =

(10)
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II. SIMULATION RESULTS

In order to prove the functioning of GKTM, a non-salt
feed system (1-propanol-water) was analyzed (input da-
ta and parameters are: Main feed flow rate ("F"): 100
kmol/h; main feed 1-propanol mole fraction ("Fx1"):
0.3; main feed water mole fraction ("Fx2"): 0.7; main
feed temperature ("TF"): 362 K; main feed stage: 7; salt
feed flow rate ("F"): 0 kmol/h; operating pressure(P"):
1 atm; number of equilibrium stages ("N"): 11; con-
denser duty ("Qc"): 0 kJ/h; reboiler duty ("Qr"): 0 kJ/h).
The second set of E-NRTL parameters of Table 2 is
used in the simulation as it is the one that generates the
lower Af, and the result of the simulation is shown in
Fig. 4. As it can be seen, the result obtained with
GKTM is thermodynamically consistent.

The main feed of the column split up into a vapor
and a liquid phase with different compositions and the
temperature remained constant all over the column. Fig.
4 shows that composition and temperature of both phas-
es fit in the diagram of phases. The point A represents
the input condition of the main feed which splits up in
two phases represented by points L and V.

Table 1. Estimated parameters for the E-NRTL model (1-
propanol-LiNO; and water-LiNO; systems)

i i Ag Agi AT
i component j component  a;; (kmolY) (kimol?) (K)
1-propanol LiNO; 1566 3.04 6.64  0.07
1566  2.02 6.64  0.06
1520 7.00 050  0.05
water LiNO; 0419 159 -7.71  0.043
0.165 2.35 -5.91  0.196
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Fig. 4. T-x’-y phase diagram for the 1-propanol-water system.
Point A represents the input condition.

Table 2. Estimated parameters for the E-NRTL model (1-propanol-water-LiNO; systems)

Agip Agy Agis Agy Agys Agsp O1p=0p; Oi3=033 Olp3=0Olzp Af
1648.8 7896.7 3040.0 6640.0 15900.0 -7710.0 0.477 1.566 0.419 0.232
1648.8 7896.7 3040.0 6640.0 2350.0 -5910.0 0.477  1.566 0.165 0.155
1648.8 7896.7 2020.0 6640.0 15900.0 -7710.0 0.477 1.566 0.419 0.342
1648.8 7896.7 2020.0 6640.0 2350.0 -5910.0 0.477  1.566 0.165 0.175
1648.8 7896.7 7000.0 500.0 15900.0 -7710.0 0477 1.520 0.419 0.213
1648.8 7896.7 7000.0 500.0 2350.0 -5910.0 0.477 1.520 0.165 0.255
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Fig. 5. Temperature versus stage. Note the local minimum at
stage 5 for three mixed-solvent salt systems (1-propanol-
water-LiNOs, 1-propanol-water-LiCl and 1-propanol-water-
Ca(NO3),).

Table 3. Simulation results for 1-propanol-water-LiNO3
Stage T(K) L(kmol/h)V(kmol/h) vy, X1 X3

1 3610 24 81.3 0.377 0.072 0.000
2 3631 35 83.7 0.368 0.046 0.028
3 3635 35 839 0.357 0.041 0.028
4 3634 3.7 83.9 0.357 0.042 0.027
5 3620 221 84.0 0.356 0.050 0.005
6 3621 221 25 0.354 0.049 0.005
7 3624 221 2.5 0.346 0.045 0.005
8 3637 222 25  0.307 0.032 0.005
9 3677 197 25 0.185 0.012 0.005

The next step is to simulate a mixed-solvent system
with a salt (1-propanol-water-LiNOs). Input data and
parameters were set as following: Main feed flow rate
("F"): 100 kmol/h; main feed 1-propanol mole fraction
("Fx1™): 0.3; main feed water mole fraction ("Fx2"):
0.7; main feed temperature ("TF"): 362 K; main feed
stage: 5; salt feed flow rate ("F"): 1 kmol/h; operating
pressure ("P"): 1 atm; salt feed 1-propanol mole fraction
("Qx1"):0.9; salt feed LiNOs mole fraction
("Qx3M)=0.1; salt feed temperature ("QF"): 360K; salt
feed stage: 2; number of equilibrium stages ("N"): 9;
condenser duty ("Qc"): -100000 kJ/h; reboiler duty
("Qr™): 100000 kJ/h). The profile of the curve of tem-
perature versus stage obtained from the simulation is
given in Fig. 5, and a local minimum appeared in the
middle of the column, as expected.

The appearance of a local minimum at stage 5 in Fig.
5 is in agreement to the diagrams of phases of the sys-
tem (the one corresponding to x3=0.06 is shown in Fig.
1). It can be readily seen that all the points reported in
Table 3 belong to those diagrams.

Two additional systems (1-propanol-water-LiCl and
1-propanol-water-Ca(NOs),) have been simulated under
the same conditions, and added to the Fig. 5, where sim-
ilar features for the three systems can be observed.

IV. CONCLUSIONS
In this work, E-NRTL is used, after a proper data re-
gression of its parameters from ternary data, to describe
a mixed solvent/salt system. This model allowed us to
simulate a saline extractive distillation column, where a

notable characteristic was proven: temperature has a lo-
cal extreme (minimum in the case considered) in the
middle region of the column, due to the thermodynamic
features of the phase diagram.

On the other hand, a technique of increase-by-step
has being used to improve the stability and capability of
convergence of Napthali-Sandholm’s method. This
technique was included in the GKTM software, which
yields to thermodynamic consistent results where other
programs failed to converge.

In the literature there are many works about multi-
ple steady states in simulation of distillation columns
(e.g. the work by Bekiaris et al., 2000). Although this
work actually does not study the possible numerical
multiplicities in the simulation of the column proposed,
the solution obtained is thermodynamically consistent
and the results can be taken as physically reliable.

Even though most of the authors have concentrated
their attention in compositions of output and displace-
ment of azeotropes, it is necessary to examine more
deeply the whole behavior of a saline extractive distilla-
tion column in order to make accurate simulations and
enhance the profitability of the entire process.
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